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Introduction
In recent years a lot of research on the oxidative coupling of methane was performed to provide a direct route for the production of higher hydrocarbons from natural gas. The process occurs through a mechanism in which catalytic reactions interact with gas-phase chain reactions. The existence of such a mechanism was first reported by Polyakov et al. (1936) for the total oxidation of methane. Fang and Yeh (1981) studied methane pyrolysis over ThO 2 /SiO 2 and proposed a reaction mechanism consisting of methyl-radical formation on the catalyst surface and subsequent coupling of these radicals in the gas phase to produce ethane.
A wide variety of catalysts has been tested but the lithium-doped magnesium oxide, which was first reported by Ito et al. in 1985 , is still among the best catalysts mentioned in open literature. The highest yield on a Li/MgO catalyst amounts to 18.7% for undiluted feed gases (Ekström et al., 1990) . Some kinetic and mechanistic studies on lithium magnesia catalysts were published , Aparicio et al., 1991 Tung and Lobban, 1992) . Roos et al. (1989) derived rate equations for methane consumption and regressed these on experimental data obtained in a gradientless reactor. Tung and Lobban (1992) also derived rate equations for the production of C 2 products and CO 2 based on a four-step reaction mechanism. The first study combining catalytic reactions and a few important gas-phase reactions was presented by Aparicio et al. (1991) . Other kinetic studies on various catalysts in which gas-phase reactions are coupled to catalytic reactions were performed by Zanthoff and Baerns (1992) , Bistolfi et al. (1992) , McCarty (1992) , and Reyes et al. (1993) . Couwenberg et al. (1996) addressed a feature characteristic for such heterogeneous-homogeneous reaction mechanisms, i.e., the existence of irreducible masstransport limitations for the reactive intermediates even in the absence of mass-transport limitations for the reactants and the products. These limitations were called irreducible because the pellet size at which they would be negligible is much smaller than the minimum pellet size allowed for pressure drop considerations. Irreducible mass-transport limitations are well-known (Boudart, 1968) , e.g., in polymerization reactions and chain reactions in the gas phase. Because these irreducible mass-transport limitations were shown to have significant effects on the coupling selectivity, a method to take these limitations into account quantitatively during a kinetic study was developed. The latter consists of regressing the experimental data with heterogeneous reactor model equations in which a distinction is made between the interstitial gas phase, i.e., in between the catalyst pellets, and the intraparticle phase. External mass transfer by molecular diffusion with simultaneous gas-phase reactions and internal diffusion with simultaneous reactions on the catalyst surface and in the pores of the catalyst is explicitly accounted for during the data analysis.
The present work reports on the development of a kinetic model for a lithium on magnesium oxide catalyst either tin promoted or not, including the irreducible transport limitations. The kinetic model consists of elementary catalytic reactions coupled to the gas-phase reaction network reported by Chen et al. (1994b) . The considered catalytic reactions are based on kinetic experiments and on information provided by pulse experiments performed on a TAP setup (Gleaves et al., 1988; Mallens et al., 1995) and steady-state transient isotopic kinetic (SSTIKA) experiments (Nibbelke et al. 1995) on the same catalyst.
The developed kinetic model provides insights in the important steps in the reaction mechanism, in particular the interplay of the gas-phase chain reactions with the catalytic reactions, and in the importance of mass transport herein.
Experimental Section
Reactor. The setup used for the kinetic experiments in this study has been described previously by Chen et al. (1994a) for the measurement of the kinetics in the absence of catalyst. For the present study a continuousflow, sintered R-Al 2 O 3 tubular reactor with a length of 650 mm, an external diameter of 12 mm, and an internal diameter of 8 mm was used. In the centerline of the reactor an R-Al 2 O 3 thermocouple well with an external diameter of 4 mm is placed, allowing the measurement of the axial temperature profile. The reactor was heated with a fluidized-sand bed in order to achieve a uniform outside wall temperature. A typical axial temperature profile is shown in Figure 1 . During the experiments the catalyst bed was placed in the flat part of the temperature profile. To reduce the volume of the postcatalytic space, an R-Al 2 O 3 tube was fixed in the bottom part of the reactor using a ceramic kit. Quartz wool serving as a support filter was placed on this inner tube, and hereon a layer of R-Al 2 O 3 pellets was placed. The catalyst bed diluted with inert R-Al 2 O 3 pellets was poured on this layer.
Some alumina particles were put on the catalyst bed on which a removable tube was placed to reduce the volume of the precatalytic space. A lot of attention was payed to make sure that the reactor was operated in the plug-flow regime, without disturbing axial and radial temperature gradients, and a negligible pressure drop over the catalyst bed. To prevent significant radial temperature gradients, the catalyst bed was diluted with inert R-Al 2 O 3 pellets in a ratio of 7 vol diluent /vol catalyst (Mears, 1971) .
Reactor Model. The heterogeneously catalyzed oxidative coupling of methane occurs through a mechanism in which the catalyst produces radicals which react further through gas-phase branched-chain reactions in the pores of the catalyst and in the void space between the catalyst pellets. Couwenberg et al. (1996) showed that because of the very high reactivity of the surface-produced radicals irreducible mass-transport limitations occur for these species even when no concentration gradients develop for the stable components, i.e., the reactants and the products. Furthermore, it was shown that these irreducible mass-transport limitations have an important effect on the selectivity of the process. Therefore, during the simulation of the kinetic experiments these limitations have to be taken into account by use of a heterogeneous reactor model. Couwenberg et al. (1996) developed a one-dimensional heterogeneous model distinguishing between the interstitial and intraparticle phase. Usually a film model is applied to describe mass transfer from the interstitial phase to the intraparticle phase (Froment and Bischoff, 1990) . At the conditions investigated, however, the Reynolds number amounts to approximately 1.5, which is so low that the film thickness is of the same order of magnitude as the pellet radius, i.e., 1.0 × 10 -4 m. Therefore, it was assumed that mass transfer from the interstitial phase to the intraparticle phase was solely a result of molecular diffusion. Because the laboratory reactor was operated in the plug-flow regime and the calculated radial temperature gradient was less than 2 K, a one-dimensional model could be used. Since the measured axial temperature gradient and pressure drop could be neglected as well, the reactor model only contains the continuity equations of all components in the kinetic network. The continuity equations in the interstitial phase describe convection in the axial direction and mass transfer from the interstitial phase to the intraparticle phase by molecular diffusion with simultaneous gas-phase reactions. The continuity equations in the intraparticle phase describe internal diffusion with simultaneous reactions on the catalyst surface and gas-phase reactions in the pores of the catalyst. Simulations with this model (Couwenberg et al., 1996) show that the concentration of the methyl radicals in the center of the catalyst pellet is approximately 5 times higher than the interstitial concentration, even when no significant concentration gradient occurs for methane and oxygen.
Since the irreducible mass-transport limitations are accounted for during the analysis of the laboratory data, intrinsic values for the kinetic parameters could be obtained. These kinetic parameters could, therefore, be applied in a straightforward way for the design of an industrial fixed-bed reactor .
Catalysts. The Li/MgO and the Sn/Li/MgO catalyst were prepared according to Korf et al. (1989) . Due to the initial transient in the first couple of hours on stream, the catalysts had to be lined-out according to a standard procedure before the kinetic experiments could be started. This line-out procedure was performed in the setup used for the experiments and featured two steps. In step one the reactor is heated up under a continuous helium flow. Once the desired temperature is reached, methane is fed to the reactor, immediately followed by oxygen. Hereafter, the flow of helium is stopped. For the conditions applied during the line-out and the conversion and selectivity reached at the end of the procedure the reader is referred to Couwenberg (1996) . Although the line-out temperature applied for the Sn/Li/MgO catalyst is 100 K lower than that for Li/MgO, the space time yield after line-out is considerably higher. The addition of tin made the catalyst more stable and active at low temperature and therefore allowed a lower line-out temperature. The lower lineout temperature also had a positive effect on the lifetime of the catalyst. All experiments were performed within 12 h after the line-out procedure to ensure that the measurements are not disturbed by deactivation.
Conditions. The number of kinetic experiments performed amounts to 130 for the Sn/Li/MgO catalyst and to 50 for the Li/MgO catalyst. The ranges of the experimental conditions covered are shown in Table 1 and include the range of industrially relevant operation conditions. The experimental reactor was designed such that mass-transport and mass-transfer limitations for the reactants and the products were negligible. The way of calculating the conversions, selectivities, and yields is similar to Chen et al. (1994a) .
Parameter Estimation. The kinetic parameters of the catalytic reactions were estimated using a Marquardt nonlinear multiresponse minimization algorithm (Marquardt, 1963; Froment and Hosten, 1981) . In this method the maximum-likelihood parameter estimates, b, were obtained by minimization of the least-squares criterion applied on the observed, y, and calculated, ŷ, mole fractions at the reactor outlet.
where v is the number of responses, n the number of observations, and σ hk an element of the inverse of the error variance-covariance matrix. This criterion is based upon the assumption that the experimental errors are normally distributed with a zero mean. The elements σ hk of the inverse of the error variance-covariance matrix are estimated by the regression routine from a regression with a unit error variance-covariance matrix. The mole fractions of methane, oxygen, carbon monoxide, carbon dioxide, ethene, and ethane at the reactor outlet were used as responses. The third column in Table 1 shows the range of experimental conditions covered during the parameter estimation. Experiments at pressures higher than 150 kPa were not taken into account because simulation of these experiments sometimes causes numerical problems. Only 24 experiments were used to reduce the CPU time needed. To simulate one experiment on a Silicon Graphics Power Challenge Computer, the required CPU time amounts to approximately 1 min. During every iteration in the Marquardt algorithm, every experiment has to be simulated at least 11 times, i.e., the number of parameters to be estimated plus 1. Every iteration thus takes at least 260 min CPU time. When good initial parameters are provided, 5-10 iterations are sufficient to reach the minimum of the objective function. The initial estimates were chosen within the range of physically realistic values (Zdanov et al., 1988; Dumesic et al., 1993) expected for the rate coefficients corresponding to the elementary steps, and dependencies between parameters were determined using physicochemical relations analogous to Aparicio et al. (1991) and Bistolfi et al. (1992) .
The parameter estimates were tested for significance by means of their approximate individual t-values.
With these t-values the 1 -a confidence interval can be determined according to:
The significance of the global regression was expressed by means of the ratio of the mean regression sum of squares to the residual sum of squares, which is distributed according to F (Draper and Smith, 1966) .
Kinetic Model Development
The Sn/Li/MgO catalyst is used for model development because more experimental data are available and because the contribution of the gas-phase reactions is lower for this catalyst, as will be shown later. This allows an easier estimation of the kinetic parameters of the catalytic reactions.
Catalytic Reaction Network. The elementary steps on the catalyst surface considered in the kinetic model for Sn/Li/MgO are shown in Table 2 . Five global reactions paths (a-e), built up from elementary steps (1-10) and represented by the five columns with stoichiometric numbers, σ, can be distinguished in this model. This way of presenting a complex reaction network was developed by Temkin (1971) and allows a straightforward calculation of the net production rates of the components involved in the catalytic reactions. The set of catalytic reactions, shown in Table 2 , is coupled to the gas-phase branched-chain reaction network reported by Chen et al. (1994b) . The complete kinetic model thus contains 10 catalytic and 39 gasphase reactions in which 13 molecules, 10 radicals, and 5 surface components are involved.
Reactions 1, 2, and 5 in Table 2 are very similar to the model proposed by Ito et al. (1985) shown in eq 3 and lead to the same global reaction path (a) for the catalytic generation of methyl radicals. 
The first step in this cycle consists of the activation of oxygen through dissociative adsorption. In the second step hydrogen is abstracted from methane by the adsorbed oxygen species, and in the third step the active sites are regenerated via the desorption of water. Several other mechanisms were proposed for the adsorption of oxygen on the catalyst surface. McCarty (1992) used a two-step mechanism in which the adsorption of dioxygen on a vacant site is followed by its ratedetermining dissociation to form two hydrogen-abstracting species. Aparicio et al. (1991) also used a two-step oxygen adsorption to describe the kinetics over Li/MgO.
Steady-state transient isotopic kinetic experiments performed by Nibbelke et al. (1995) showed that oxygen was dissociatively adsorbed on both Li/MgO and Sn/Li/ MgO. Oxygen-isotope exchange experiments over linedout Sn/Li/MgO (Nibbelke et al., 1995) could be simulated assuming single-step dissociative adsorption of oxygen. This, plus the modeling results described later, supported the hypothesis to use dissociatively adsorbed oxygen, O * , formed in a one-step adsorption step as the hydrogen-abstracting species in this work.
In reaction 2 of Table 2 , hydrogen is abstracted from methane by the adsorbed oxygen, leading to methyl radicals. The question of whether methane is adsorbed on the catalyst surface prior to hydrogen abstraction or whether hydrogen abstraction takes place through an Eley-Rideal step has been an important discussion topic in the literature. Both TAP experiments (Buyevskaya et al., 1994; Mallens et al., 1996) and SSTIKA experiments (Nibbelke et al., 1995) showed that ethane, the product of the coupling of two methyl radicals, leaves the reactor at the same time as the inert tracer, indicating that no surface intermediates are involved in the production of ethane. This can only be explained when methyl radicals are produced through an Eley-Rideal step.
If the catalyst is capable of abstracting a hydrogen radical from methane, it is likely that it can also abstract a hydrogen radical from ethane, reaction 3, because the C-H bond strength in ethane is 20 kJ mol -1 lower than that in methane (Lide, 1991) . Hydrogen abstraction from ethene, reaction 4, is also considered possible even though the C-H bond in ethene is 5 kJ mol -1 stronger than that in methane. The hydrogen abstraction from ethane can be considered as a desired reaction since it leads to an ethyl radical, which mainly reacts further to ethene through the branched chain reactions in the gas phase; see Chen et al. (1994a) . Hydrogen abstraction from ethene is an undesired reaction because it leads to the vinyl radical, which is an important source of carbon monoxide in the gasphase reactions (Chen et al., 1994a) .
Regeneration of active sites was assumed to occur through the desorption of water, reaction 5. This is in line with the regeneration reactions used by McCarty (1992) and Aparicio et al. (1991) . Krylov (1993) proposed the following step for the regeneration of active sites:
This reaction is not elementary but proceeds through intermediate steps in which possibly OH • or HO 2 • radicals are involved. Note that eq 4 is the sum of 2 times reaction 5 and reaction 1 in Table 2 . Chen et al. (1994b) discussed experiments in which ethane was added to the feed stream and showed that regeneration of active sites through water desorption is not a potentially instantaneous reaction. TAP experiments (Mallens, 1996) showed that the catalyst contains a pool of hydrogen atoms probably in the form of hydroxy groups. After being under reaction conditions for some time, CD 4 was pulsed over the catalyst bed, and some exchange products, e.g., CD 3 H, were detected. Therefore, the regeneration, reaction 5, was assumed to be a kinetically significant step, in contrast to what is reported by Shi et al. (1992) , Tung and Lobban (1992) , and Coulter and Goodman (1993) .
An experiment in which the space time was varied in the presence of Sn/Li/MgO (see Figure 2) showed that the initial selectivity toward carbon dioxide is not zero. This implies that carbon dioxide is a primary product, i.e., not produced via a stable intermediate. Therefore, a direct catalytic route toward carbon dioxide must exist since in the gas-phase reaction network it originates from the oxidation of carbon monoxide. Several routes for direct CO x formation on the catalyst surface were proposed in the literature. McCarty (1992) Lines: calculated using the heterogeneous reactor model equations of Couwenberg et al. (1996) and the heterogeneous reactions of Table 2 with corresponding kinetic parameters of Table 3 coupled to the gas-phase reaction network of Chen et al. (1994b Aparicio et al. (1991) mentioned the reversible adsorption of a methyl radical on O * , leading to a methoxy species. This methoxy species subsequently leads to carbon dioxide through a series of steps which are potentially infinitely fast. Such a series of reactions on the catalyst surface could explain the primary formation of carbon dioxide. Tong and Lunsford (1991) showed that methyl radicals can be oxidized on the catalyst surface by feeding methyl radicals to a bed with a Li/MgO catalyst. Furthermore, modeling of SSTIKA experiments over this catalyst (Nibbelke et al., 1995) revealed that a surface species with a C-to-O ratio of 1 must be involved in the direct catalytic formation of carbon dioxide. Therefore, reactions 6 and 7 in Table 2 were used to account for the direct catalytic carbon dioxide formation. Obviously reaction 7 is not an elementary step but consists of a series of steps on the catalyst surface, eventually leading to carbon dioxide. Van der Wiele et al. (1992) clearly showed that carbon monoxide was relatively rapidly converted to carbon dioxide over a Li/MgO catalyst by comparing experiments in the absence and in the presence of a catalyst and by CO oxidation experiments. Similar conclusions were drawn by Peil et al. (1989) and Martin et al. (1989) . Also our own experiments at elevated pressure over Li/ MgO showed that at high pressure the main difference between experiments in the presence and in the absence of catalyst is the decreasing CO 2 -to-CO ratio. Therefore, reaction 8 was included in the catalytic network.
The experiments in which carbon dioxide was added to the feed, presented in Figure 3 , clearly show that an increasing concentration of CO 2 decreases the consumption rates of methane and oxygen. Also SSTIKA experiments (Nibbelke et al., 1995) , using carbon-labeled carbon dioxide, indicated that carbon dioxide shows a strong interaction with a Li/MgO catalyst. This is probably caused by the formation of carbonates on the catalysts surface which reduces the number of active sites available for reaction. Adsorption of CO 2 at high temperatures is not observed on MgO (Meixner et al., 1992) . To be able to describe the experiments at high conversion levels, i.e., when a lot of carbon dioxide is present in the gas stream, the inhibiting effect of CO 2 must be included. This is performed by including reaction 9, where CO 2* stands for a carbonate. Tulenin et al. (1992) showed that magnesium oxide not only produces radicals but also is a very effective radical quencher. Sanches-Marcano et al. (1992) suggested that a Li/MgO catalyst inhibits the gas-phase oxidation of ethene by quenching the very reactive chain carriers. Chainey et al. (1959) proposed reaction 10 of Table 2 as the most likely heterogeneous termination on metal oxide surfaces. Note that this is not an elementary step. The hydrogen-peroxy radical is one of the most important chain carriers in the gas-phase reaction network (Chen et al., 1991) . This reaction, therefore, plays a crucial role in the interplay between the catalytic reactions and the branched-chain reactions in the gas phase, a topic that will be addressed later.
Reactions 2-4 are heterogeneous initiation reactions. The produced radicals react further through the branched-chain reactions in the gas phase, and termination occurs through coupling of methyl radicals in the gas phase as well as on the catalyst surface through reactions 6 and 10. Note that the only consecutive reactions of the C 2 products involving the catalyst consist of hydrogen abstractions. The resulting radicals are further oxidized through the homogeneous gasphase reactions.
Catalytic Rate Equations. To calculate the reaction rates, the law of mass action was applied to each of the elementary steps in Table 2 . Reaction 1 of Table  2 was assumed to be in quasi-equilibrium, because modeling of labeled-oxygen exchange experiments (Nibbelke et al., 1995) revealed that the rates of oxygen adand desorption are almost equal and much higher than the rate of hydrogen abstraction. Quasi-equilibrium could also be applied for reaction 9 as the experimental reactor was operated in the steady state; i.e., no catalyst deactivation was observed during an experimental run. All other catalytic steps were assumed to be irreversible. Reaction 7 was assumed to be potentially instantaneous. The rate of the carbon dioxide formation through methyl-radical oxidation on the catalyst surface is therefore determined by the rate of reaction 6. The rate of reaction 10 was assumed to be proportional to the concentration of the hydrogen-peroxy radicals and the specific surface area of the catalyst.
Since reaction 1 is in quasi-equilibrium, the following relation between the fraction of dissociatively-adsorbed oxygen, θ O* , and the fraction of free active sites, θ * , can be derived, provided the Langmuir assumptions hold:
where K 1 is the equilibrium coefficient of reaction 1, m g 3 mol -1 , and C O2 the oxygen concentration, mol m g -3 .
Assuming quasi-equilibrium for reaction 9 leads to: (4) conversion vs inlet partial pressure of CO2. Lines: calculated using the heterogeneous reactor model equations of Couwenberg et al. (1996) and the heterogeneous reactions of Table 2 with corresponding kinetic parameters of Table 3 coupled to the gas-phase reaction network of Chen et al. (1994b 
Applying the steady-state approximation to the hydroxy species yields for θ OH* :
Since reaction 7 is potentially instantaneous, the fraction of methoxy species on the catalyst, θ CH3O* , is zero. Together with the condition that the sum of the surface fractions equals 1, eqs 4-6 lead to the following relation for θ OH* :
Once θ * is known, all other surface fractions can be calculated from eqs 6-8. From the surface fractions the catalytic production rates of all components can be calculated, and these are then entered in the reactor model equations accounting for the irreducible masstransport limitations as proposed by Couwenberg et al. (1996) .
Catalytic Kinetic Parameter Determination. The rate and equilibrium coefficients of the catalytic reactions were calculated using Arrhenius and van't Hoff type relations. Since the model consists of eight irreversible and two quasi-equilibrated catalytic reactions, 20 parameters would have to be estimated. This number could be reduced to 12 by the use of physicochemical relations (Boudart and Djéga-Mariadassou, 1984; Dumesic et al., 1993) . Moreover, assuming that reaction 7 is potentially instantaneous reduces the number of parameters to 10.
The collision theory can be used to calculate the maximum value of the preexponential factor of the Eley-Rideal steps. Aparicio et al. (1991) directly used these collision frequencies as preexponential factors for the Eley-Rideal steps in their kinetic model, whereas McCarty (1992) used one-tenth of the collision frequency to allow for unfavorable configurational constraints. Sinev (1992) used the collision frequency corrected with a steric factor which could be determined from the analogy between the homogeneous gas-phase reactions and the reactions on the catalyst surface. In this work the preexponential factors of steps 2-4 and 8 were assumed to be equal to the collision frequency. This results in a value of 1.85 × 10 9 m g 3 m p -3 s -1 for A 2 , 1.35 × 10 9 for A 3 , 1.40 × 10 9 for A 4 , and 1.91 × 10 9 m g 3 m p 3 s -1 for A 8 . Because reactions 6 and 10 are terminations, the activation energies were assumed to be zero. The activation energies of reactions 2-4 can be coupled through the Polanyi-Semenov relation (Boudart and Djéga-Mariadassou, 1984): where R is the Polanyi-Semenov parameter; ∆E a the difference between the activation energies of two homologous steps, J mol -1 ; and ∆|∆H r | the corresponding difference between the reaction enthalpies, J mol -1 . Following Semenov, Krylov (1993) assumed that R ) 0.75 for hydrogen-abstraction reactions on Li/MgObased catalysts. Because the difference in reaction enthalpy of reactions 2-4 is determined by the difference in the C-H bond strengths, it follows that E a,2 ) E a,1 -15 kJ mol -1 and that E a,3 ) E a,1 + 3.75 kJ mol -1 .
The estimated parameter values with their corresponding t-values as well as the fixed and related parameters are shown in Table 3 . The F-value of the regression amounted to 91 000. The largest value of the binary correlation coefficient between two parameter estimates occurred for the preexponential factors of reactions 5 and 9 and amounted to 0.96. Figure 4 shows the experimental versus the calculated methane and oxygen conversions for all experiments at pressures Couwenberg et al. (1995) were applied during the simulations. The catalytic reaction network in Table 3 was coupled to the gas-phase reaction network from Chen et al. (1994b) . b Units: mg 3 mol -1 (1,9), mg 3 mp -3 s -1 (2,3,4,6,8), mol mp -3 s -1 (5), mg 3 mc -2 s -1 (10). (4) conversion. Calculated using the heterogeneous reactor model equations of Couwenberg et al. (1996) and the heterogeneous reactions of Table 2 with corresponding kinetic parameters of  Table 3 coupled to the gas-phase reaction network of Chen et al. (1994b) . Experimental conditions: see Table 1 . Catalyst: Sn/Li/ MgO. lower than 150 kPa. These parity diagrams thus also include experiments which were not used during the parameter estimation. The deviation between the observed and calculated conversions is usually within 15%. Note that the model also adequately predicts the conversion outside the range of conversions used during the parameter estimation, see Table 1 . Figure 5 shows the simulated versus the experimental selectivities toward ethane, ethene, carbon monoxide, and carbon dioxide. Clearly, a good agreement between the experimental and calculated selectivities is realized with this kinetic model as well.
Simulation Results
A one-step dissociative oxygen adsorption in quasiequilibrium is sufficient for an adequate description of the experimental data, as was the case for modeling of the oxygen exchange experiments by Nibbelke et al. (1995) over the same catalyst. This follows most clearly from the experiments in Figure 6 showing the conversions of methane and oxygen and the selectivities toward C 2+ and CO x versus the inlet methane-to-oxygen molar ratio. In this experiment the oxygen concentration at the reactor inlet varies from 5 to 1 mol m -3 . Clearly, both the conversions and selectivities are adequately simulated using a one-step dissociative oxygen adsorption mechanism. The use of a twostep mechanism in which one of the adsorbed oxygen species is responsible for the oxidation and the other one for the production of methyl radicals did not improve these simulation results. The number of parameters to be estimated would increase by two. Therefore, the one-step oxygen adsorption mechanism was preferred.
The adequate simulation of the selectivities toward carbon dioxide in an experiment in which the space time was varied (see Figure 2) shows that reactions 6 and 7 in Table 2 provide a good route to account for the primary carbon dioxide production.
Carbon monoxide is completely produced through the branched-chain reactions and undergoes consecutive oxidation toward carbon dioxide on the catalyst surface and through the gas-phase chain reactions. Therefore, the good simulation of the slightly decreasing selectivity toward carbon monoxide with increasing space time (see Figure 2 ) shows that this model correctly accounts for the relative contribution of the gas-phase reactions and consecutive catalytic oxidation of carbon monoxide. The adequate simulation of the ethane and ethene selectivity implies that the contribution of the consecutive oxidation of ethane and ethene is correctly accounted for by reactions 3 and 4 and the corresponding kinetic parameter values.
Clearly, the simulated inhibiting effect of CO 2 addition (see Figure 3) is somewhat more pronounced than the observed effect. Smith and Galuszka (1994) and AlZahrani et al. (1994) modeled the effect of CO 2 addition using Hougen-Watson rate equations. In both papers the inhibiting effect of CO 2 addition was accounted for by a reaction similar to reaction 9. Smith and Galuszka (1994) found deviations between experimental and simulated conversions comparable to the deviations reported in this work. The deviations reported by AlZahrani et al. (1994) were much smaller, but the maximum CO 2 partial pressure in their experiments was limited to 0.5 kPa. The reason for the observed deviations can be that the formation of a carbonate phase cannot completely be described by a simple reaction like reaction 9 but requires a mechanism involving complex solid-state reactions. Furthermore, the formation of carbonates could also influence the kinetics of active-site regeneration and/or oxygen acti- C2H4; ], CO; 2, CO2. Calculated using the heterogeneous reactor model equations of Couwenberg et al. (1996) and the heterogeneous reactions of Table 2 with corresponding kinetic parameters  of Table 3 coupled to the gas-phase reaction network of Chen et al. (1994b) . Experimental conditions: see Table 1 . Catalyst: Sn/ Li/MgO.
Figure 6.
Conversions and selectivities vs the inlet methane-tooxygen ratio. Lines: calculated using the heterogeneous reactor model equations of Couwenberg et al. (1996) and the heterogeneous reactions of Table 2 with corresponding kinetic parameters  of Table 3 coupled to the gas-phase reaction network of Chen et al. (1994b) . Points: experiments. +, CH4; 4, O2; ], COx; 2, C2+.
vation steps. During the experiments without cofeeding carbon dioxide these effects are not significant due to the relatively low concentrations of carbon dioxide. This can be seen in Figure 2 where the simulations at high methane conversion are still very adequate. Figure 7 shows calculated and experimental conversions of methane and oxygen versus the total pressure. The experimental conversions of methane and oxygen are hardly influenced by the pressure up to 600 kPa; i.e., the global reaction order is approximately zero. It can be shown that such a behavior requires that regeneration of active sites through water desorption is a kinetically significant step, i.e., not potentially instantaneous, in line with the conclusions of Chen et al. (1994b) .
The trends in the conversions are only adequately described up to a total pressure of 300 kPa. Above this pressure the calculated conversions increase strongly. This corresponds to the ignition of the branched chain reactions in the gas phase. The latter is also observed in the absence of catalyst from 300 kPa on (Chen et al., 1994a) . In the presence of catalyst this ignition behavior is observed as well, however, from pressures of 600 kPa on only.
The simulations show that the effect of the total pressure on the rate of the catalytic reactions is adequately described by eqs 6-9 and the corresponding parameter estimates in Table 3 , because these equations simulate the zero-order behavior with respect to the total pressure at pressures where the methane and oxygen conversion are mainly determined by the catalytic reactions. The gas-phase reaction network reported by Chen et al. (1994a) describes the effect of pressure in the absence of catalyst adequately as well. The simulated ignition of the branched-chain reactions during the catalyzed process at a too low pressure must thus be caused by an overestimation of the relative importance of the gas-phase chain reactions at elevated pressures.
An important reaction determining the relative importance of the branched-chain reactions is the heterogeneous termination reaction 10 in Table 2 . This is shown in Figure 8 in which the conversions of methane and oxygen at 130 kPa are plotted versus the inlet methane-to-oxygen ratio for Sn/Li/MgO. The full lines correspond to the calculations using the kinetic parameter estimates listed in Table 3 . The dashed lines correspond to calculations with the same kinetic model but lower values for the rate coefficient of the heterogeneous termination reaction 10. Obviously, the conversions of methane and oxygen are simulated adequately in all cases at high inlet methane-to-oxygen ratios. At low inlet methane-to-oxygen ratios the importance of the branched-chain reactions increases when the rate coefficient of the heterogeneous termination is lowered. The simulated oxygen conversions are rather sensitive to relatively small changes in the rate coefficient of the heterogeneous termination. Decreasing the rate coefficient by a factor of 3 results in an increase in the oxygen conversion from 31 to 37% at a methaneto-oxygen ratio of 2, while decreasing k 10 by a factor of 100 results in a calculated oxygen conversion of 70%. Furthermore, lowering the rate coefficient of the heterogeneous termination reaction results in lower calculated selectivities toward C 2 products, due to the increasing importance of the gas-phase chain reactions.
During the simulation of the experiment at 400 kPa shown in Figure 7 , the calculated rate of initiation plus branching through the gas-phase chain reactions equals 24 mol m r -3 s -1 , whereas the rate of initiation through (4) conversion vs pressure. Lines: calculated using the heterogeneous reactor model equations of Couwenberg et al. (1996) and the heterogeneous reactions of Table 2 with corresponding kinetic parameters of Table 3 coupled to the gas-phase reaction network of Chen et al. (1994b) . Points: experiments. Conditions: (4) conversion vs the inlet methane-to-oxygen ratio. Full lines: calculated using the heterogeneous reactor model equations of Couwenberg et al. (1996) and the heterogeneous reactions of Table 2 with corresponding kinetic  parameters of Table 3 coupled to the gas-phase reaction network of Chen et al. (1994b) . Dashed lines: calculated with the same model but with values of k 10 as indicated in the figure. Points: experimental. Conditions: see Figure 6 . the catalytic reactions only equals 1.5 mol m r -3 s -1 . In the previous paragraph, it was shown that the contribution of the gas-phase reactions is sensitive toward the value of the rate coefficient for the heterogeneous termination reaction 10. Therefore, the rate coefficient of the heterogeneous termination reaction 10 was tentatively increased to the collision frequency, corresponding to an increase by a factor of 10 4 . This shifted up the pressure where the branched-chain reactions overtake the catalytic reactions to a total pressure of 450 kPa. However, the resulting agreement with the experiments at low pressure is much worse. Especially, the selectivity toward carbon monoxide would be simulated too low as a result of the decrease of the relative importance of the gas-phase reactions at low pressure. Therefore, a more likely reason for the observed deviations is that the mass-transfer rate from the interstitial phase to the intraparticle phase is underestimated at high pressure. Higher rates of mass transfer lead to a higher contribution of the heterogeneous termination on the termination of the branched-chain reactions in the interstitial phase. In the reactor model used for the simulations of the experiments, mass transfer is described by molecular diffusion only (Couwenberg et al., 1996) . With increasing pressure, the diffusion coefficient decreases, resulting in a lower rate of mass transfer. Furthermore, at high pressure, the turbulent contribution to mass transfer may no longer be negligible.
Relative Importance of Gas-Phase Reactions at Atmospheric Pressure
The simulations in Figures 2, 6 , and 7 show that the model accounts correctly for the relative importance of the gas-phase reactions at low pressures. Therefore, a contribution analysis will be performed using an experiment at 110 kPa. This analysis will focus on where the main initiation and termination reactions take place and where and through which reactions consumption and production of the main components occur.
Sn/Li/MgO. Initiation and Termination. Table 4 shows the calculated rates of initiation and termination through the gas-phase reactions and the catalytic reactions both in the center of the interstitial phase and in the center of the intraparticle phase per unit reactor volume. The latter normalization was performed by taking into account the bed and pellet porosity as well as the bed dilution.
The table shows that 98% of the initiation occurs through the catalytic reactions, of which 95% is accounted for by reaction 2 in Table 3 , i.e., the catalytic methyl-radical production. The gas-phase initiation, in which chain branching reactions were included, occurs for 60% through branching reaction (G1):
In the absence of catalyst, this branching reaction is the most important source of radicals (Chen et al., 1994a) . Termination occurs for approximately 60% through gas-phase reactions and for 40% through catalytic reactions. The hydrogen-peroxy radical quenching through reaction 10 in Table 2 accounts for 8%, and the methyl-radical oxidation reaction 6 accounts for 92% of the catalytic termination. Termination through the gas-phase reactions, in analogy with the process in the absence of catalyst, consists for over 99% of coupling of two methyl radicals. Note that the sums of the rates of initiation and termination in the center of the intraparticle phase are equal and thus that the concentration of all radicals in the center of the pellet is completely determined by the balance between production and consumption, as was already concluded by Couwenberg et al. (1996) . The rates of initiation and termination in the center of the interstitial phase are not equal due to a significant contribution of catalytically produced methyl radicals which are released into the interstitial phase.
Methane and Oxygen Consumption. Methane consumption occurs through catalytic reaction 2 in Table  2 and through several gas-phase reactions (Chen et al., 1994b) , of which reactions G2 and G3 are the most important ones:
In all these reactions, methane is converted into methyl radicals. At the conditions given in Table 4 , 87% of the methane is converted through the catalytic reaction 2. Thirteen percent is converted through the gas-phase reactions of which 4% takes place in the intraparticle phase and 9% in the interstitial phase. Oxygen consumption was found to occur for 92% through the 
catalytic reactions, for 4% through the branched-chain reactions in the intraparticle phase, and for 4% in the interstitial phase. Sixty-seven percent of the oxygen is consumed through global catalytic reaction path (e) in Table 2 , i.e., the direct catalytic formation of carbon dioxide. Shi et al. (1992) performed a similar analysis and found that maximally 15% of the methane consumption was accounted for by reactions in the gas phase. Methyl-Radical Consumption. The methyl radicals produced from methane are consumed through coupling reaction G4 in the gas phase: through several gas-phase oxidation reactions (Chen et al., 1994b) of which reaction G5 is the most important one:
through gas-phase hydrogen-abstraction reactions in which the methyl radical is converted back into methane, and through catalytic oxidation reaction 6 in Table  2 . The carbon-containing components produced in gasphase reactions, like CH 3 O • in (G5), are precursors for carbon monoxide formation. The methyl-radical consumption reactions determine the primary selectivity toward carbon monoxide, carbon dioxide, and ethane. Table 4 shows the rates of all four types of methylradical consumption reactions both in the interstitial and in the intraparticle phase. Coupling in the pores of the catalyst accounts for 40% and coupling in the interstitial phase accounts for 16% of the methyl-radical consumption. The sum of the interstitial and intraparticle gas-phase oxidation rates accounts for 3% of the total methyl-radical consumption. This contribution increases with increasing space time due to an increase in the concentrations of most radicals. Thirty-six percent of the methyl radicals are consumed through catalytic oxidation, and the remaining 5% are transformed back to methane. Table 4 shows that the coupling selectivity of the methyl radicals, i.e., the ratio of the rate of coupling to the sum of the rates of coupling and oxidation, is higher in the interstitial phase than in the intraparticle phase. This shows that at these conditions the catalytic oxidation of the methyl radicals, rather than the branched-chain reactions in the gas phase, is the selectivity limiting reaction for Sn/Li/MgO. Li/MgO. The above contribution analysis showed that the relative contribution of the gas-phase reactions is rather low for Sn/Li/MgO at the conditions where the model accurately describes the experimental observations. Experiments on Li/MgO showed that for this catalyst the relative contribution of the gas-phase chain reactions is more important but not yet dominant (Couwenberg, 1995) . To obtain more insights, the model for Sn/Li/MgO was adapted in such a way that the experiments over Li/MgO are adequately described. To do so, the preexponential factors for catalytic reactions 1, 5, 6, and 9 were adjusted to 4.6 × 10 -5 m g 3 mol -1 , 1.0 × 10 9 mol m p -3 s -1 , 8.3 × 10 5 m g 3 m p -3 s -1 , and 4.0 × 10 -5 m g 3 mol -1 . All other parameters were only corrected for the difference in the specific surface area.
With this model, a contribution analysis is carried out at the same conditions as the contribution analysis for Sn/Li/MgO; see Table 4 . To reach the same conversion, a higher space time was applied. The initiation of the chain reactions occurs for 61% through the catalytic initiation reactions, for 2% through gas-phase reaction in the intraparticle phase, and for 37% in the interstitial phase. Termination on the catalyst surface now accounts for 28% of the total termination rate. Twentythree percent occurs through coupling in the pores of the catalyst, and the remaining 49% is accounted for by coupling in the interstitial phase.
Thirty-two percent of the methane consumption takes place on the catalyst surface, 7% through gas-phase reaction in the pores of the catalyst, and 61% in the interstitial phase. Oxygen consumption occurs for 52% on the catalyst surface, for 8% through gas-phase reactions in the pores of the catalyst, and for 40% in the interstitial phase. Methyl-radical coupling in the intraparticle phase accounts for 15% of the methylradical consumption, and coupling in the interstitial phase accounts for 31%. Thirteen percent of the methyl radicals is consumed through catalytic oxidation. Two percent is consumed through gas-phase oxidation reactions in the intraparticle phase, and 13% is consumed through oxidation in the interstitial phase. Twenty-six percent of the methyl radicals is involved in hydrogen abstractions leading to methane.
Finally, it should be noted that even though the relative importance of the gas-phase reactions is much higher for Li/MgO than for Sn/Li/MgO the coupling selectivity toward C 2 products is higher for Li/MgO. This is caused by the higher coupling selectivity in the interstitial phase at the conditions used for the contribution analysis. For Li/MgO the contribution of the reactions in the interstitial phase is much higher than that for Sn/Li/MgO, resulting in a higher selectivity.
Effect of Process Conditions. It was shown previously that at pressures below 300 kPa the conversions of methane and oxygen are for over 85% determined by the catalytic reactions for Sn/Li/MgO. The consumption rate of methyl radicals determines the primary selectivity and occurs for 90% through coupling in the gas phase and oxidation on the catalyst surface. This implies that the trends in the observed effects of the process conditions at low pressure can be explained based on the catalytic reactions and the coupling reaction in the gas phase. The observed effects can be explained on the basis of kinetic considerations, i.e., are not influenced by stoichiometric limitations, except for oxygen conversion.
For Li/MgO an analysis of the effects of process conditions based on only catalytic methyl-radical production and oxidation and coupling in the gas phase is not possible due to the much higher contribution of the gas-phase chain reactions.
Inlet Methane-to-Oxygen Ratio. Increasing the inlet methane-to-oxygen ratio decreased methane conversion and increased oxygen conversion and C 2 selectivity; see Figure 6 . From eqs 6-9, with the parameter estimates shown in Table 3 , it follows that reducing the oxygen concentration from 5 to 1 mol m -3 at 1023 K and 125 kPa results in a decreasing concentration of the absorbed oxygen, O * , from 0.024 to 0.015. The lower concentration of the adsorbed oxygen leads to a lower rate of methyl-radical production. As mentioned previously the methyl-radical concentration in the center of the catalyst pellet is determined by the balance between production and consumption:
where k G4 is the rate coefficient of the coupling reaction CH 3
in the gas phase; see Chen et al. (1994b) . Solving eq 13 for the CH 3 • concentration shows that lowering the oxygen concentration from 5 to 1 mol m g -3 leads to a slight increase in the concentration of the methyl radical from 1.8 × 10 -3 to 1.9 × 10 mol m g -3 . This is due to the lower consumption rate through catalytic oxidation, reaction 6. The selectivity which is mainly determined by:
thus increases with increasing CH 4 /O 2 | 0 ratio. Temperature. The observed increase in conversion and selectivity with increasing temperature can be explained in a similar way. At an inlet methane-tooxygen ratio of 4.0 and at 125 kPa the concentration of adsorbed oxygen increases from 0.016 to 0.020, with the temperature increasing from 973 to 1023 K. Together with the Arrhenius dependency of the rate coefficient of catalytic reaction 2, this leads to a strong increase in the methane and oxygen consumption rates and thus in increasing conversions. The methyl-radical concentration in the center of the pellet increases from 1.1 × 10 -3 to 1.9 × 10 -3 mol m g -3 , i.e., is more pronounced than the increase in the concentration of the adsorbed oxygen. Therefore, the rate of coupling of methyl radicals will increase more than the rate of catalytic methyl-radical oxidation, and thus the selectivity will increase with increasing temperature, as long as the branched chains do not become dominant.
Because the selectivity increases with increasing temperature, the highest yield toward C 2 products for Sn/Li/MgO can probably be obtained at temperatures higher than the maximum temperature in Table 1 , i.e., 1023 K. Therefore, an experiment was performed at a temperature of 1123 K, a pressure of 130 kPa, and an inlet methane-to-oxygen ratio of 2.0. This resulted in a yield of 20%, which is indeed significantly higher than the maximum yield of 14% obtained during the kinetic experiments.
Conclusions
A kinetic model for the heterogeneously catalyzed oxidative coupling of methane, accounting for irreducible mass-transfer limitations of reactive gas-phase intermediates, was developed. This model adequately describes the experimental observations over a broad range of operating conditions. A quantitative analysis of the relative contribution of gas-phase chain reactions and catalytic reactions showed that the effects of process conditions on the selectivity can be described in terms of steady-state concentrations of oxygen adatoms and methyl radicals in the case of Sn/Li/MgO: the increase of oxygen ad-atom concentration which follows a temperature increase is more than compensated by an increase in the methyl-radical concentration, leading to a higher selectivity. The increasing selectivity with increasing inlet methane-to-oxygen ratio can be explained similarly. The interaction of Sn/Li/ MgO with ethane and ethene is limited to hydrogen abstractions. Heterogeneous termination of the hydrogen-peroxy radicals, produced during the branchedchain reactions in the gas phase, was found to be a crucial reaction to describe the relative importance of the gas-phase reactions.
At atmospheric pressure the major part of the methane and oxygen consumption occurs on the surface of the catalyst. The rate of initiation of the chain reactions is mainly determined by the catalytic production of methyl radicals. Termination occurs through coupling of methyl radicals in the gas phase, through oxidation of methyl radicals on the catalyst surface, and through quenching of hydrogen-peroxy radicals on the catalyst surface. For the Li/MgO catalyst the relative importance of the gas-phase reactions at similar conditions is more important than for Sn/Li/MgO but does not completely determine the rates. On both catalyst branched chains develop with increasing pressure and lead to higher conversions.
Since the irreducible mass-transport limitations are accounted for during the parameter estimation, intrinsic values for the kinetic parameters could be obtained. These kinetic parameters can therefore be applied in a straightforward way for the design of an industrial-scale reactor, either with a fixed or fluidized bed.
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